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Abstract

A one-dimensional steady state model has been developed for the combustion reactor of a dual fluidized bed biomass steam gasifi-
cation system. The combustion reactor is operated as fast fluidized bed (riser) with staged air introduction (bottom, primary and second-
ary air). The main fuel i.e., residual biomass char (from the gasifier), is introduced together with the circulating bed material at the
bottom of the riser. The riser is divided into two zones: bottom zone (modelled according to modified two phase theory) and upper zone
(modelled with core-annulus approach). The model consists of sub-model for bed hydrodynamic, conversion and conservation. Biomass
char is assumed to be a homogeneous matrix of C, H and O and is modelled as partially volatile fuel. The exit gas composition and the
temperature profile predicted by the model are in good agreement with the measured value.

© 2007 Published by Elsevier Ltd.

Keywords: Model; Fluidized bed; Char combustion

1. Introduction

Currently, biomass fuel provides 15% of world’s pri-
mary energy and this fulfilment establishes biomass as
world’s fourth largest energy source after oil, coal and
gas. Pyrolysis, gasification and combustion are the prime
technologies for thermal conversion of biomass. Gasifica-
tion is the process where, through thermal decomposition
in a low oxygen environment at temperatures of 800—
900 °C, organic matter is converted to combustible gases
with tars and chars as possible side-products. Air gasifica-
tion results in the inferior quality gas (4-7 MJ/Nm?® LHV).
Oxygen as a gasification agent produces superior quality
gas (10-16 MJ/Nm® LHV) but requires additional costs
for oxygen production. A similar high quality gas can be
produced by using a dual fluidized bed (DFB) system with

* Corresponding author. Tel.: +43 1 58801x15965; fax: +43 1 58801
15999.
E-mail address: pkaushal@mail.zserv.tuwien.ac.at (P. Kaushal).

0016-2361/$ - see front matter © 2007 Published by Elsevier Ltd.
doi:10.1016/j.fuel.2007.03.032

steam as a gasification agent [1]. The fundamental idea of
the DFB concept is to divide the gasifier into two fluidized
bed reactors, a gasification reactor and a combustion reac-
tor. The energy needed for the endothermic gasification
reactions in the gasification reactor is provided by combus-
tion of residual biomass called char in a combustion reac-
tor. The energy released during combustion is transported
to the gasification reactor along with the circulating bed
material, thus making DFB gasifier a self sustained
process.

The DFB gasifier can be regarded as a circulating fluid-
ized bed (CFB) system with the bubbling bed gasifier in the
return loop of the solids. A number of different CFB mod-
els have been developed and reviewed [2,3] but most of
them are developed for coal combustion, i.e., for combus-
tion of low volatile fuels. So far, biomass processing in
CFBs has received little attention [4] and only a few
attempts have been made to model biomass char as partial
volatile fuel in CFB covering hydrodynamics and reaction
kinetics. Further, confidentiality, numerous assumptions
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Nomenclature

A area (cross-sectional area) (m?)

a decay constant (m™')

Co heat capacity (J/mol K)

D diameter of column (m)

D molecular diffusivity (m?/s)

D, diameter of annulus (m)

D. diameter of core (m)

dp bubble diameter (equivalent diameter of a
sphere) (m)

d, particle diameter (m)

deaar  char diameter (m)

g gravity (m/s?)

H enthalpy flow (J/s)

H(T) enthalpy at temperature T (J/mol)

AH}’298 enthalpy of formation at 298.15 K (J/mol)
hm mass-transfer coefficient (kg/m? s bar)

Kgr  mass-transfer coefficient between bubble and
emulsion (s~ )

K elutriation rate constant (kg/m?s)

kp.g mass-transfer coefficient between bubble and
emulsion (m/s)

k reaction rate constant (dependent)

7 molecular weight of carbon (kg/mol)

7] mass flow rate (kg/s)

Mpeqg  mass hold-up (bed material) (kg)

Mehar  mass hold-up (char) (kg)

N no of cells (-)

Nor number of orifices ()

i molar flow rate (mol/s)

n order of reaction (-)

P partial pressure (bar)

O volumetric flow rate in bubble (m>/s)

Opx  gas exchange (m’/s)

q specific combustion rate of carbon on external
surface (kgcarbon/mzs)

R universal gas constant (J/mol K)

SB.E surface area of bubble in contact with emulsion
(m?)

Schar  surface area of char (m?)

Sh Sherwood number (-)

T temperature (K)

Uy superficial velocity (m/s)

Up bubble velocity (m/s)

Up,, velocity of a single isolated bubble (m/s)

Ug velocity of gas in emulsion (m/s)

Unr  minimum fluidization velocity (m/s)

U, terminal velocity (m/s)

Y correction factor for modified two phase theory
)

y mole fraction (-)

z height (m)

Zg height of dense zone (m)

Greek symbols
OB bubble fraction (-)

Emf porosity at minimum fluidization condition (-)

& average porosity at height z (-)

& average porosity in dense zone (-)

&0 Porosity above TDH (-)

¢ mechanism factor for primary surface product
(1 for CO,, 2 for CO) (-)

A air ratio (-)

U viscosity (Pas)

Pp density of particle (kg/m?)

varied in a wide range makes the evaluation and compari-
son of these models very difficult. Hence, a mathematical
model is developed for the riser to gain the better under-
standing of the process. The model is based on known
approaches and with respect to the data available (for val-
idation) from the DFB gasification plant at Guessing/
Austria.

2. Model development

The present work focuses on the mathematical model-
ling of the combustion reactor indicated by the broken line
in Fig. 1. The boundaries of the investigated system are the
connecting chute at the bottom of the riser where bed mate-
rial enters together with the residual biomass char from the
gasification reactor and the cyclone at the top of the riser
where the hot solids are separated from the flue gas stream.
The objective of this study is to develop a model to predict
the gas phase concentration and temperature profile along
the height of the reactor.

The combustion reactor is divided into two zones
namely dense and transport zone, having different hydro-
dynamic characteristics. Transport zone is further subdi-
vided into middle and upper zone as shown in Fig. 1.
Preheated air is introduced into the riser at three different
points which are termed as bottom air, primary air and sec-
ondary air. Preheated gaseous fuel (i.e., recycled producer
gas from the gasifier) is also introduced into the reactor
to control the temperature of the entire system.

Each zone is further divided into cells and within each
cell the local hydrodynamic, kinetic and thermodynamic
variables are evaluated. Cells are solved sequentially with
output of the Nth cell considered as input for the
(N + 1)th cell. The energy conservation equation is solved
across the entire zone, and it is assumed that within a zone
the temperature is uniform. This assumption is based on,
efficient solids mixing and the dominance of the solid’s heat
capacity within a fluidized bed. The inputs for the model
are the riser geometry, particle properties, gas composition
and flow rate (Table 1)
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Fig. 1. Model structure and boundaries (1: dense zone, 2: middle zone, 3:
upper zone).

Model assumptions:
The system is one-dimensional and in steady state.
Gases are ideal and in plug flow.
Solids are uniform in size and well mixed.
Each of the three main zones has a uniform
temperature.
The mass transfer of a single gas species between the
emulsion phase and bubble phase is modelled by a
mass-transfer coefficient (kgg).

Table 1

Input parameters to the model (typical operating condition from Guessing
plant)

Diameter of column 0.61 (m)
Height of column 12 (m)
Diameter of particle S00E—6 (m)
Diameter of coke 0.001 (m)
Density of bed material 2960 (kg/m?)
Density of coke 600 (kg/m?)
Bed circulation 37 (kg/s)
Temperature of gasifier 883 (C)
Bottom air feed rate 700 (Nm>/hr)
Primary air feed rate 2222 (Nm?/hr)
Secondary air feed rate 1043 (Nm®/hr)

Char composition (C, H, O) (0.82, 0.04, 0.14) (wt/wt)

The hydrodynamic parameters are evaluated based on
the properties of bed which is classified as Geldart group
B.

The flow regime map of Grace [5] between dimensionless
velocity (U*) and dimensionless particle diameter (d;) con-
firmed that the fluidization state of the dense bed is in bub-
bling mode. Gas balance based on superficial velocity is

U(): U13513+(1 753)8meE. (1)

Two phase theory (TPT) assumes that visible bubble flow
corresponds to the excess gas velocity i.e., (Uy— Upngp).
However, this theory tends to overestimate the bubble
flow. In order to limit the deviation from observations,
the modified two phase theory [6] is used, where

Op =Y(Uy — Upg). (2)

Y is always below unity and usually in the range from 0.7
to 0.8. Y can also be 0.3 for coarse particles. The reported
values of Y in literature scatter in a wide range [7]. Y is a
function of the height above the gas distributor and hence
the correlation proposed by Johnsson et al. [8] is used to
estimate the value of Y.

0.4
y _ 0:26 0.7 exp(~0.0033d;) <Z W ) . )

[015 + (U() — (]mf)]o'})3 No

Bubbles are formed as soon as the superficial gas veloc-
ity exceeds minimum fluidization velocity. The bubble size
is one of the most critical parameters when modelling fluid-
ized beds, it affects the bubble rising velocity, the bubble
fraction and the mass transfer between bubble and emul-
sion phase. As the bed height increases, bubbles coalesce
and the bubble size increases. The bubble size is calculated
as a function of bed height and it is assumed that all bub-
bles at any cross section are of uniform size [9].

0.8
A o
2, 4
Nor> g 4)

Bubble’s interaction influences the bubble rising velocity
and the common adaptation for bubble rising velocity
given by Davidson and Harrison [10] is used in this work

Up =Uspe + (Up — Un). (5)

dp = 0.54(Uy — Upe)™* (z +4

For bubbles, the rising velocity of a single isolated bubble
is given below.

Ugoo = 0.71/gdy (6)

There is no theoretical basis to support this correlation,
however, numerical simulations [11,12] show that this
approximation is reasonable.

It is evident that a major part of the gas flows in the bub-
ble phase. Thus, the interphase mass transfer between bub-
ble and emulsion phase is essential for the gas—solid
reactions. The interphase mass transfer is modelled by a
semi-empirical approach using a mass-transfer coefficient,
the exchange area and the concentration gradient accord-
ing to Sit and Grace [13]
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Un
Kge :Tf+

48meUB. (7)
M TCdB
Fig. 2 shows the gas flow streams in the dense zone and the
gas exchange between the bubble and emulsion phase.
After the injection of primary air into the combustion reac-
tor, the superficial gas velocity is increased and the reactor
operates in fast fluidization regime. Fast fluidized beds ex-
hibit strong radial gradients with respect to solid hold-up
and solid movement. Near the column walls the particle
moves downwards and the concentration of particles is
higher than in the core of the reactor, where particles are
transported upwards. Different approaches are proposed
to describe fast fluidized bed reactors [14-16]. In the pres-
ent work, the transport zone is modelled by a simplified
core-annulus approach. The axial mean voidage is calcu-
lated using an exponential decay function as proposed by
Zenz and Weil [17]

& — €x

P exp[—a(z — z)]- (8)
Unknown parameters in Eq. (8) are the decay factor ‘e’ and
the porosity above transport disengaging height ‘¢..’. The
value of ‘@’ varies widely in the literature and is approxi-
mately in the range of 2-6.4 m~' [18]. Cold flow studies
of the process showed that the decay constant depends
on the fluidizing velocity to a higher power than one. Thus,
the correlation proposed by Adanez et al. [19] was adopted.

a(Uy — U)’D"® =K. (9)

Based on the pressure drop measurement at standard con-
ditions the constant K was determined to be K =8.6. The
value of &, is determined from the particle elutriation rate
constant K., for a mono-sized bed material:

Ki:)c
b = ——FF——~
pp(UO - Ut)

U 2
0

The voidage in the core at a given height is calculated from
the mean porosity ¢, at that height [20]

1— (10)

(11)

ec=1-0.6(1—¢,). (12)

AQEauz (N) A QEauI (N)

o)

O - w

2 | o 2 Cell(N)
2 2

w

Eout (N-1) ‘Bout (N-1)

Fig. 2. Gas balances in dense zone.

It is assumed that the annulus is maintained at minimum
fluidization conditions. The diameter of the core increases
with the height of the riser and is estimated from Eq. (13).

(13)

Unlike dense zone in the transport zone it is assumed that,
there is a single gas stream across both the core and annu-
lus. The local variables (e.g., reaction rate, hold-ups, etc.)
are calculated separately for core and annulus but the mass
balances are applied across the whole cell as shown by the
broken line in Fig. 3.

Char combustion is in general a complex process due to
the combination of different mechanisms as mass transfer,
chemical reaction and heat transfer. In general, combustion
of char begins after the evolution of volatiles. Sometimes,
especially for large particles, there is a significant overlap-
ping of these processes. The char composition is an impor-
tant model parameter and is assumed to be a homogeneous
matrix of carbon, hydrogen and oxygen. Carbon present in
char is modelled as non-volatile fuel subject to heteroge-
neous oxidation with O, and if no O is present then with
H,O. The primary products in the case of char combustion
are CO and CO, represented by reaction A.

saDi + sCDg =¢,D’.

1+pC+(1 +§)Oz — BCO + COs, (A)
where f is a stoichiometric coefficient for char combustion
describing the ratio of CO to CO, and is a function of sur-
face temperature [21]. Char gasification reaction (B) is also
considered in the model.
C +H,0 % CO + H. (B)
The carbon combustion model is based on the combined
effects of gas film diffusion and reaction kinetics on a
shrinking particle and it is assumed that the diameter of
the char particle decreases while the density of the char re-
mains constant. Oxidation occurs in a thin layer close to
the particle surface and no ash layer is formed. The com-
bustion rate in term of mass transfer through the gas film
can be described as

q= hm(POzAg - POz-S)

 M.¢ShD
B dcharRT .

(14)

I

Fig. 3. Gas balances in transport zone.
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The chemical reaction rate of carbon with oxygen per unit
time and per unit external surface area of the particle is

q = kP, Serar. (16)

Eqgs. (14) and (16) are solved under steady state assump-
tion,. The data obtained from experiments allow minimiza-
tion of the root of mean square for the Arrhenius
expression [22].

The hydrogen and oxygen present in char are modelled
as volatile fuel. Hydrogen and oxygen are released in a way
that the char composition remains constant as conversion
proceeds. The hydrogen and oxygen released react to form
water (C). The ratio of CO, CO,, H,, O, and H,O release is
calculated from the combustion kinetics of carbon and bal-
ances of char.

H, + %oz — H,0. ©)
Carbon monoxide released from char is modelled to under-
go combustion reaction and shift reaction

1
CcO —‘1-502 g COZ
CO + HQO < C02 + Hz.

(D)
(E)

The effect of the CO shift reaction becomes pronounced
when oxygen within a zone is consumed. As shown in
Fig. 1, a small amount of producer gas is also recycled into
the middle zone of the combustion reactor. The combus-
tion kinetics and composition of the producer gas are given
in Tables 2 and 3, respectively.

The elementary mass balances inside every single cell is
covered by the stoichiometry of the homogeneous and het-
erogeneous reaction formulations. The mass balance for
solid carbon and the energy balance are applied globally

where as in transport zone char is distributed in cells in
such a way that the ratio of bed hold-up in adjacent cell

is the same as the ratio of char hold-up.
Mbed, | _ Mchary, (18)
Mbed, Mechary

Globally across the entire zone, the char balance is formu-
lated as

(19)

MChar,out + MChar,reacted = MChar,in-

The general carbon balance of each zone is written as
(20)

All feed rates are input parameters to the model. Because
of the assumption of uniform char concentration in the sol-
ids, the char exit rate and the char hold-up in the zone are
directly linked to each other. The char conversion rate
from solid to gas is dependent on several parameters within
each cell and depends directly on the available char surface
area within the zone, the zone temperature and partial
pressures of the reactants, i.e., O, or H,O.

The energy balance is formulated globally across the
entire zone using total enthalpies including the standard
enthalpy of formation with the assumption that the total

amount of energy entering the system is actually leaving
the system.
ZHout:ZHin (21)
T
H(T) = AH{ 5 + / C,o(T)dT. (22)
T7=298.15

The enthalpy of ideal gas mixtures is calculated using the
NASA polynomials with coefficients reported by Burcat

across each of the three zones as indicated in Fig. 1. . . .
. L . g and McBride [29]. The enthalpy of the inert bed material
Char is evenly distributed in each cell of dense zone as . ! . .
is calculated by interpolation of data reported by Barin
e — 1 (m.) (17) [30]. The sensible heat of char is calculated using the corre-
KON lations reported by Merrick [31]. The enthalpy of forma-
Table 2
Reaction rates
Reactions Reaction rate K Ref.
A (1+B)C +(1+B/2)0, — CO + CO, q = K[Po,]"® Schar 8.56 x 1072 exp(—2237/T) [22]
B C + H,0 - CO + H, q = K[Py0™’ 2.62 x 10% exp(—237000/T) [23]
C H, +1/2 0, — H,0 12 = K[H5]'[05] 1.63 x 10° T*? exp(—3420/T) [24]
D CO + 1/2 0, — CO, rco = K[COTO, 1 [H,0]"? 3.25x 107 exp(—15098/T) [25]
E CO +H,0 — H, + CO, rco = K[COJH,0] 0.03 & exp(—7249/T) [26]
F CH, + 3/2 0, — CO + 2H,0 rens = K[CH4 " [0,]"8 4.68 x 108 T exp(—20087/T) [27]
G C,H, + 20, — 2CO + 2H,0 reons = K[CoH4T05] 1.0 x 10'2 exp(—20844/T) [28]
H C,Hg + 5/2 0, — 2CO + 3H,0 reane = K[CoHg[05] 2.34 % 10" T%3 exp(—20087/T) [27]
I C;Hg — C,H,+ CHy reans = K[C3Hg] 1.0 x 10'2 exp(—21145/T) [28]
Table 3
Producer gas composition
LHV (dry) Composition (vol%)
(MJ/Nm?) CcO CO, CH,4 C,H, C;Hg H, H,O 0, N,
13.1 21 20 10 2 1 35 9 0 2
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tion for char is calculated from the heating value, estimated
from ultimate analysis using the Boie formula [32]. H oy is a
function of the exit temperature of the respective streams.
Since a uniform temperature is assumed inside the zone,
the problem is reduced to the determination of the two
variables char hold-up and temperature in order to fulfil
Egs. (19) and (21).

A two-dimensional Newton—Raphson algorithm is
applied where the components of the Jacobian matrix are
calculated analytically. The iteration is performed for each
of the three zones where the order is again from bottom
towards top of the combustion reactor. After convergence,
the model yields the gas phase concentration profiles, the
temperature in each zone, the solid char flow rate leaving
the reactor and the apparent global air ratio A which is
defined by neglecting the bypassing fraction of the char
(i.e., only the actually converted char is considered).

[ﬁJ’OZ]in
Vo, lin — [0, — 0.5Vc0 — ZCXH}, (x + O'Sy)nyHy} ot
(23)

N
N =

3. Results and discussion

The solution of the mathematical model represents
simultaneous convergence of the conservation equation
(for which different subroutines have been defined). Table
1 lists the input parameters for a typical operation case.
The average residence time of the gas in the combustion
reactor is in the range of 1.0-1.5s while the air ratio in
the standard condition is approximately 1.02.

3.1. Predicted profile of gas composition

Fig. 4a shows the concentration profile inside the bot-
tom bed (dense zone) separately for the bubble and emul-
sion phases. As can be seen, the concentration of oxygen
in emulsion phase goes down swiftly and when O, is com-
pletely consumed, the char gasification and shift reaction
dominates; this can be observed by the increased concen-
tration of H, and CO, in emulsion phase at the relevant
heights. In the bubble phase, the concentrations of CO
and H; are very low while that of oxygen is relatively high.
This is one of the major limitations of one-dimensional
model that it fails to explain the three-dimensional mixing
effect. Nevertheless such behaviour of dense bed is often
reported [4,33]. The overall gas composition profiles along
the riser height are shown in Fig. 4b. The concentration
profiles of CO, CO,, H, and H,O locally go down at the
height of 2 and 4 m due to dilution effect caused by primary
and secondary air addition. Results show that the producer
gas added in the middle zone (rich in combustible gas)
quickly combusts to CO, and H,0. The predicted gas-pro-
file inside the riser could not be verified at the demonstra-

Mole fraction (-)

0 0.01 0.02

T
* Sec. axis

-
3]

Height of riser (m)

o
]
T

0
0.00

0.05 0.10 0.15
Mole fraction (-)

0.20

Fig. 4a. Gas composition profile in dense bed. B: bubble; E: emulsion.

10

©o

Height of riser (m)
o

»

0 I 1
0.00 0.10 0.20

Mole fraction (-)

Fig. 4b. Average gas composition profile along height of riser.

tion plant at Guessing because of the lack of measurents.
Therefore, to validate the model, the operating parameters
of the present model were adjusted in order to match with
the operating parameters of the fluidized bed boiler at
Chalmers University (Sweden), reported by Adanez et al.
[4]. Newton—-Raphson method was used to iterate the wood
feed rate to fit the excess air ratio reported by Adanez et al.
Fig. 5 shows a comparison between the measured and pre-
dicted oxygen concentrations along the height of riser. The
oxygen profile predicted by the present model is in fair
agreement with the measured values [4,34]. As seen in
Fig. 5, an increase in oxygen concentration with height is
not realistic and as indicated by Amand et al. [33], it can
be attributed to an insufficient penetration depth and mix-
ing of the secondary air flow. Nevertheless Adanez et al.
investigated various possibilities to deal the mixing prob-
lem in one-dimensional model.
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A from the fluidized bed
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Fig. 5. Comparison of model prediction for O, concentration.
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3.2. Predicted temperature profile

At the demonstration plant at Guessing, the tempera-
ture inside the riser is measured at three different heights.
The predicted temperature profile is in good agreement
with the measured value (Fig. 6). A little over-prediction
in temperature is observed but the deviation in temperature
prediction is less than 5 K.

3.3. Effect of char diameter

Fig. 7 shows the effect of char feed rate on air ratio at
different char sizes. It should be noted that all the other
operating parameter were fixed except char feed rate and
size. Each curve in Fig. 7 were generated by changing the
char feed rate at a given constant char size. Result shows
that with increase in char feed rate, the air ratio decreases.
The slope of the curve changes at an air ratio of 1, suggest-
ing that for lower char feed rates, char size have a very
prominent effect on char conversion. Simulation shows
that for constant char feed of 0.8 kg/s air ratio changes
from 0.85 to 0.93 when char size is changed from 4 to
8 mm. Therefore, it can be concluded that smaller size
favours char conversion. The simulation results also show
that the residual char from the gasifier is only partly con-
verted in the riser and the remaining un-combusted char
is circulated back into the gasification reactor and poten-
tially leads to an increase of char hold up in the dual fluid-
ized bed system. Fig. 8 shows the exit CO concentration for
the various points shown in Fig. 7. It can be seen in the fig-
ure, that for air ratio below 1, the CO concentration
increases abruptly. It also shows that irrespective of the
char size the CO concentration follows the same trend line
suggesting that exit CO concentration is a strong function
of air ratio and is independent of char size.

Increasing char diameter

1 1.2 1.4 1.6 1.8

Char feed rate (kg/s)

Fig. 7. Effect of char feed rate on apparent air ratio.
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Fig. 8. CO concentration in flue gas.

4. Conclusions

A one-dimensional steady state model of a riser has been
developed to analyze the combustion of biomass char in
circulating fluidized bed. The model is based on mass and
energy balances. The model includes different sub-models
that are linked together to describe the overall combustion
process. The hydrodynamic sub-model highlights the phys-
ical characteristics of the bed material while the reaction
sub-model deals with the chemical reactions in the different
zones of the combustion chamber (riser). The model is fuel
flexible and offers the opportunity to evaluate different fuel
types over wide range of composition both for solid and
gases. Global reaction rates are used for the description
of chemical kinetics. Model validations have been per-
formed with measured results obtained at both 8§ MWth
dual fluidized bed gasification plant at Guessing, Austria
and with literature data on the 12 MWth circulating fluid-
ized bed boiler at Chalmers University (Sweden). The pre-
dicted trends are qualitatively compared with the published
data [4,33] and it turns out that they are in fair agreement.
The model predictions show that the gas composition var-
ies significantly in the upper section above the secondary
air injection. Simulation results also show that smaller size
of wood or char favours the overall performance of the
gasifier.
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